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ABSTRACT: The impact of hydrodynamics on agglomeration during the crystallization of an active pharmaceutical ingredient
(API) was investigated. The type of agglomerate formed was experimentally observed to correlate with agitation level at the
laboratory and kilo-lab scales. It was hypothesized that differences in agglomerate type were related to differences in the collision rate
of primary crystals, caused by differences in the local degree of agitation (e.g., the local values of fluid turbulence dissipation rate, ¢).
Spatial distributions of ¢ were determined from computational fluid dynamics (CFD) models at process scales ranging from
laboratory (200 mL) to commercial scale (875 L). Higher values of € were calculated for conditions shown to result in the formation
of rounded, compact agglomerates, while at the lower values of &, looser agglomerates of flakelike particles were observed.
Predictions for pilot-plant- and commercial-scale crystallization operating conditions were made using local € values as the scaling

parameter.

B INTRODUCTION

Crystallization is the primary method by which active phar-
maceutical ingredients (APIs) are purified and isolated from their
reaction mixture in batch processes." Reproducible crystal size
and shape during process scale-up are critical from the perspec-
tives of downstream processing, in vivo performance, and
regulatory acceptance. During the crystallization process, phe-
nomena such as nucleation, crystal growth, agglomeration, and
attrition can change in their relative importance across equip-
ment scales, and thus cause changes in the resulting crystal size
distribution and morphology. Generally, agglomeration and
attrition have been linked to physicochemical properties of the
API and solvent mixture, to the supersaturation during crystal-
lization, and to the hydrodynamics within the reactor.” During
development and scale-up to commercial manufacturing facil-
ities, the crystallization process is frequently fixed with respect to
process type (e.g., cooling vs antisolvent addition) and specific
materials (e.g, solvent mixture composition). As a result, any
process-related factors that influence agglomeration and attrition
may be relatively constant across scales. However, equipment
differences and process conditions can have a significant impact
on the properties of the isolated solid via differences in fluid
dynamics.

The API described in this paper, termed ‘compound A’, is
isolated as agglomerates via a combined evaporative/antisolvent
crystallization (solvent removed by distillation and replaced by
antisolvent), and the nature of the agglomerates has the potential
to impact downstream processing. Initial crystallization process

v ACS Publications ©2011 american chemical Society

development and optimization work conducted at Pfizer has
concluded that compound A crystals can agglomerate into two
different morphologies, depending on the crystallizer process
conditions. The first type, termed ‘loose-flake’, is composed of
loosely agglomerated flakes with a 2—S um primary particle
size. The second type, termed ‘hard-sphere’, has a typically
rounded shape, and is harder in nature than “loose-flake”
agglomerates, with no distinct primary particle morphology.
“Intermediate”-type agglomerates were also observed, al-
though there is no evidence to suggest that a transition from
one type of agglomerate to another takes place. The occurrence
of each agglomerate type was initially correlated to agitation
level at the lab scale. However, subsequent crystallization batches
at the larger scale have suggested that an overall measure of
agitation such as impeller tip speed is insufficient for the predic-
tion of agglomerate type. Figure 1 show scanning electron
micrographs (SEMs) of each type of agglomerate. Figure 1A
shows loose-flake agglomerates produced in a pilot-plant-scale
reactor and FigurelB shows hard sphere agglomerates produced
in a kilo-lab-scale reactor. For this particular compound, loose-
flake agglomerates demonstrated improved processability dur-
ing secondary manufacture and were preferred to hard-sphere
particles.

Agglomeration is usually described as a two-step process
where particles or crystals collide with a given rate and then
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Figure 1. Example SEMs of compound A agglomerate morphology.
(A) Flakelike morphology and (B) hard-sphere morphology.

subsequently stick with a given efficiency or probability. This
process is described by a second-order rate expression:' >

rrag = ﬂ],znlnl (1>

Where 1, and n, represent the number density of crystals of types 1
and 2, respectively. B 1,2 represents an agglomeration rate constant
or kernel and can be further decomposed into a crystal—crystal
collision rate, N, and agglomeration efficiency, g2t

ﬁl,z = WN (2)

Many published works have proposed physical mechanisms
and quantitative models for both W and N as functions of
physicochemical Iproperties of the crystal and solvent,” '
supersaturation,3’ ! crystal growth rate, 712 and hydrodynamics
of the liquid phase.”>”"*~'® David et al. further subdivided
collision and agglomeration rates on the basis of the size of the
primary particles into regimes of Brownian, laminar, or turbu-
lence-driven forces.” David et al. and Ayazi et al. related collision
and attrition mechanisms on the basis of the size of the primary
particles compared to the turbulence spectrum;”"* that is,
different mechanisms were proposed for particle motion in the
dissipative vs inertial-convective subranges. Expressions for W
and N have been developed that are functions of macroscopic
properties of the reactor such as impeller speed or average
specific energy dissipation rate.”>'> One potential shortcoming
of this approach is that these are quantities that are averaged over
the entire volume of the reactor and do not address the inevitable
heterogeneities in mixing as the scale of the process increases, as
noted by Hounslow and Genck.>'” Rielly et al. report Eulerian
and Lagrangian simulations of turbulence dissipation rate in a
lab-scale, fully baffled stirred tank fitted with a Rushton-style
impeller for particle diameters ranging from 20 ym to 2 mm."®
They show that the Lagrangian probability density functions
(pdfs) approach the Eulerian pdfs as the particle diameter
decreases. However, the simulations reported in this work
suggest that there are differences for particle diameters as small
as S um. One potential reason for this apparent discrepancy is
that the simulations reported by Rielly and Marquis are for a
small-scale, fully baffled tank where the mixing may be more
homogeneous compared to the generally unbaffled, larger-scale
stirred tanks considered in this work. In addition, the assumption
of isotropic turbulence of the k-epsilon models and their variants

may be more appropriate for the simulations reported by Rielly
and Marquis. Two-equation turbulence models in general,
including k-epsilon turbulence models, have been regorted to
under-predict turbulence quantities for stirred tanks.'”*° Large
eddy simulation (LES) has been reported to be somewhat more
accurate for simulating the anisotropic flow in a stirred tank
compared to two-equation RANS turbulence models.”® How-
ever, grid size requirements tend to preclude its implementation
for routine use at the industrial scale, as recently reported LES
simulations of stirred tanks have employed grid sizes of the order
of 500,000 to 10 million for reactor volumes ranging from 1 to 20
L.*°7** A two-equation RANS turbulence model was used in this
work in order to provide simulation results within an acceptable
simulation time scale. Meroney reports the use of the k-epsilon
RANS turbulence model for the successful simulation of an
approximately 350-L draft tube reactor and subsequent design of
much larger reactors.*® To address systematic inaccuracy, turbu-
lence quantities are used in conjunction with experiments to
determine trends and to rank order reactor conditions. Through
computational fluid dynamics reactor models, it is possible to
determine not only average, macroscopic mixing performance
changes with scale, but also how the spatial distribution of mixing
energy (e.g. the local values of turbulence dissipation rate, €)
changes as a function of process conditions and equipment scale.
For the specific case addressed in this work, we have assumed
that crystal and solvent properties, and the growth rate are
relatively constant across equipment scales, as the crystallization
process (e.g., solvent, concentration, mode of supersaturation
generation, impurities) remains the same for all batches. Addi-
tionally, in situ process monitoring using Mettler Toledo focused
beam reflection measurement (FBRM) showed consistency in
the onset of crystallization at the scales considered, indicating
that supsersaturation at that point and in the conditions de-
scribed here was comparable across scales. The solids content
was nominally 4% w/w for all experimental crystallization runs,
and simple calculations based on Zwietering’s equation”* show
that the particles are suspended and that the agitation rate is
greater than 1.3 X Njs, where Njg is the impeller rate required for
keeping particles suspended, which is a common criterion for the
prediction of homogeneous particle suspension. The implicit
assumption is that any change in either W or N is due to
differences in reactor hydrodynamics. As a result, we have
focused our effort on understanding the difference in hydro-
dynamics as a function of operating conditions (e.g., impeller
speed and fill volume) and equipment scale. The objectives of
this study were to (1) quantify differences in hydrodynamics
(both macro- and micromixing) between lab-, kilo-lab-, pilot-
plant-, and commercial-scale reactors as described in Table 1, (2)
correlate those mixing parameters to the type of agglomerate
formed, and (3) predict the impact of operating conditions at the
commercial scale to control the type of agglomerate obtained.

B DESCRIPTION OF CRYSTALLIZATION PROCESS AND
CFD MODELS

The crystallization of compound A is carried out immediately
following the last synthetic step. Formation of hard-sphere
agglomerates is observed to occur during a constant volume
portion of the crystallization process under conditions of high
agitation. As a result, reactors were modeled using a volume and
impeller speed corresponding to this period of the crystallization
procedure. Since the goal of this work was to characterize and
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Table 1. Process settings for CFD simulations

fill volume impeller speed  experimental — agglomerate

reactor scale (L) (rpm) point type
laboratory 0.2 300 yes loose flakes
laboratory 0.2 400 yes loose flakes
laboratory 0.2 600 yes hard spheres
kilo lab 22 200 yes hard spheres
pilot plant 170 150 yes loose flakes
pilot plant 204 150 no N/A

pilot plant 204 125 no N/A

pilot plant 204 100 no N/A

pilot plant 204 75 no N/A

pilot plant 102 150 no N/A
commercial 875 62.5 no N/A
commercial 875 125 no N/A

Lab Reactor 200 il fill volume Ko Lab Reactor 22 L fil volume

PBligt Plant Reactor 102 L Mivolume  Pliot Plant Reactor 170 L M volume
T

’//\

Commercial Reactor 575 L fill velume:

‘Piiot Plant Reactor 204 L Wl volume

Figure 2. CFD model domains (not to scale).

link crystallization performance to reactor hydrodynamics, simu-
lations where conducted isothermally.

All simulations were developed using single-phase models
with a symmetry boundary condition at the liquid surface. The
fluid phase density and viscosity were fixed on the basis of the
known properties of the solvent used.”> Model domains were
developed and meshed using Gambit 2.3.16 commercial CFD
meshing software. The model domains consisted of mixed cells
of tetrahedral and hexahedral types and ranged in size from
approximately 365,000 elements for the lab reactor to approxi-
mately 720,000 elements for the commercial reactor. Models
were solved using Fluent 6.3.26 commercial CFD software using
sliding mesh with an unsteady solver. The k-epsilon eddy
viscosity turbulence model from Shih et al. (termed the ‘realiz-
able k-epsilon turbulence model” within Fluent) was used for all
simulations.”® This turbulence model performs similarly to the
k-epsilon model of Launder et al. and the RNG k-epsilon model
of Yakhot et al,, in terms of accuracy, and compares favorably in
terms of computational economy.”” >’ It has also been reported
to out-perform the standard k-epsilon model for flows with
rotation.>*! Simulations were conducted on a Linux cluster
using between 4 and 8 CPUs, depending on the size of the model.

CFED models were developed for crystallization reactors at lab,
kilo-lab, pilot-plant, and commercial scale. Figure 2 depicts the
model domains for these different scale reactors. The lab- and
kilo-lab-scale reactors were unbafled, while the pilot-plant- and

Table 2. Reactor dimensions

fill volume T H C Cs D, D,
reactor scale (L) (m) (m) (m) (m) (m) (m)
laboratory 0.2 0.010 0.033 0.015 — 0.073 —
kilo lab 22 0.51 0.25 0.08 — 0.24 —
pilot plant 102 068 049 015 036 042 —
pilot plant 170 0.68 0.68 0.15 036 042 0.28
pilot plant 204 0.68 0.78 0.15 036 042 0.28
commercial 875 1.22 0.86 0.10 043 092 —

commercial-scale reactors had either one or two finger-type
baffles. The lab-scale reactor had a curved blade turbine impeller,
while retreat curve impellers were used in the kilo-lab- and
commercial-scale reactors. The lower impeller in the pilot-plant
reactor was also a retreat curve impeller, while the upper impeller
was a pitched blade turbine (with blades at 45°). Table 1 lists
process settings for all of the reactor simulations conducted. In
addition, Table 1 also indicates whether each set of conditions
corresponds to an experimental crystallization run and which
type of agglomerate was observed for those cases. Table 2 lists
reactor dimensions.

B RESULTS AND DISCUSSION

Analysis of the above-listed simulations consisted of both an
overall assessment of mixing (e.g.,, macromixing), and an assess-
ment of differences in local environments (e.g., micromixing) as a
function of process conditions and across equipment scales. The
overall result of these analyses is the construction of an operating
space map that will provide guidance in choosing operating
conditions that ensure control over the type of agglomerates
formed during subsequent crystallization runs.

Macromixing Performance. Several averaged parameters are
typically used to characterize the extent of mixing within a tank
and used as scaling parameters. One of these parameters, power/
tank fill volume (P/V), is often used as a first-order scaling
parameter. For this particular crystallization process, a minimum
threshold of P/V is required to suspend the crystals during the
growth phase and to disperse thermal gradients from the reactor
jacket (although heat transfer was not included in these
simulations). For these cases, values of impeller power are
obtained directly from the CFD models as the torque reczluired
turning the impeller though the fluid using the following:*’

P = 210t (3)

where
o = the impeller speed (rps)
7 = the impeller torque obtained from the CFD model (n—m)

The power number, N, was calculated using:27

P
p0°Dy

Np (4)
where

p1 = the fluid density (kg/m?)

D, = the diameter of the lower impeller (m)

P/V and Nj, obtained from eqs 3 and 4, respectively, are listed
in Table 3. The reactor geometry for the pilot-plant reactor at
102 L fill volume (N, = 0.59) is similar to the reactor studied by
Rielly et al.,, who report a power number from CFD simulations
(calculated using impeller torque) of 0.55 vs an experimental
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Table 3. Macromixing performance of reactors

Nj, — $=3 (tpm) N~ § =S5 (1pm)

dp (um) d, (um)
reactor scale  fill volume (L)  impeller speed (rpm) Re P/V* (avbW/m®)  N,* S 100 S 100
laboratory 02 300 6.0 x 10* 258 0.25 96 176 161 292
laboratory 0.2 400 8.1 x 10* 660 0.27 96 176 161 292
laboratory 0.2 600 12 x 10° 2001 0.25 96 176 161 292
kilo lab 22 200 4.7 x 10° 530 0.41 34 62 56 103
pilot plant 102 150 9.1 x 10° 921 0.59 23 41 38 69
pilot plant 170 150 9.1 x 10° 657 0.70 23 41 38 69
pilot plant 204 75 4.5 % 10° 76 0.83 23 41 38 69
pilot plant 204 100 6.1 x 10° 182 0.78 23 41 38 69
pilot plant 204 125 7.6 x 10° 335 0.78 23 41 38 69
pilot plant 204 150 9.1 x 10° 654 0.78 23 41 38 69
commercial 875 62.5 2.0 x 10° 349 0.52 11 20 19 34
commercial 875 125 4.0 x 10° 2896 0.54 11 20 19 34

measurement of 0.41 for a conical bottom reactor with a single
beavertail-type baffle and a retreat curve impeller.*® The differ-
ence in H/T and C/T between the reactor in that study (H/T =1,
C/T = 0.16) versus the one considered in this work (H/T = 0.72,
C/T = 0.22) may account for the difference between calculated
values of the power number. Thus, CFD calculations of overall
power draw are generally consistent with that data, albeit over-
predictive in both studies.

P/V obtained from eq 3 was compared to P/V obtained from
volume averaged turbulence dissipation rate multiplied by fluid
density. In all cases, P/V from turbulence dissipation rate was
approximately 4 times lower than P/V obtained from impeller
torque. Figure 3 shows a parity plot of P/V obtained from the two
different methods. Figure 3 shows that while the turbulence
dissipation rate may be substantially under-predicted with Shih’s
k-epsilon model, the averaged values are linearly correlated to P/V/
from impeller torque, and useful for rank-ordering reactor condi-
tions.

In addition to P/V, the ‘just-suspended impeller speed’, Nj,,
was estimated using eq 5:**

0.4
N, = S’ gl —pi X013 102 1)~0.85 (s)
: P ?

where

v = fluid kinematic viscosity at 80 °C (2.8 x 10~ m>/s)*

g = gravitational constant (9.81 m/ s%)

ps = density of solid (1400 kg/ m®)

py = density of liquid (783 kg/m")

X = mass loading of solids (4 kg/100 kg)

d,, = particle diameter (5 x 10°%1 x 10 *m)

D =impeller diameter (0.073 m for lab, 0.24 m for kilo lab, 0.42

m for pilot plant, 0.92 m for commercial)

S = a constant determined by the impeller type and tank

configuration.

Values of the eq 5 quantities used to calculate Nj; as reported in
Table 3 are listed in parentheses above. A range of S values (3—S5)
was used to estimate Nj for the conditions modeled for each of
the different reactor scales as determined by Rielly et al. for
crystallizers with retreat curve impellers and a single beavertail
baffle.** Particle diameters of 5 and 100 um were used for the

calculations to represent the approximate size of the primary
particle and a worst-case scenario during crystal growth and
subsequent formation of agglomerates, respectively. Values of Nj,
should be considered estimates only due to the assumed values
for particle diameter and the values of S. Table 3 summarizes
estimates of Nj; from eq  for all simulations. The Nj, calculations
suggest that all of the conditions in Table 3 should provide
sufficient agitation to suspend both primary crystals and the
agglomerates.

Micromixing Performance. Micromixing analysis can be
used to characterize interactions at the smallest length scale
within a tank (e.g., the length scale at which particle collisions
may occur). It can also be used to quantify the distribution of
these mixing parameters within a tank (e.g, mixing hetero-
geneities). One important quantity used to characterize micro-
mixing is the fluid turbulence dissipation rate (). € provides an
estimate of the smallest eddy size that exists within a turbulent
flow via the Kolmogorov length scale.”>**

1/4
W3

where

v = kinematic fluid viscosity (m®/s)

& = turbulent dissipation rate (m*/s>)

As Ay decreases due to more vigorous mixing, crystals that are
circulating within these eddies can become spatially closer to
each other and may possess a higher relative velocity to each
other which may, in turn, increase the crystal—crystal collision
rate. The local value of € encountered by crystals as they circulate
throughout a fluid has been linked to the crystal—crystal collision
rate. For the case where the crystal diameter is small compared to
A, Saffman et al. derived the following equation to describe the
crystal—crystal collision rate, N.>°

1/2
N = 1.3d,n <f> : (7)
= L.adpmny v

where
dy, = the sum of diameters of particles 1 and 2 (assumed 5 uL)
n; = the number density of particle 1 or 2 (no./m?>)
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Figure 3. Parity plot of P/V obtained from impeller torque vs turbu-
lence dissipation rate.

& = turbulence dissipation rate (m*/s*)

v = kinematic fluid viscosity (m®/s)

Simulation results indicate that A, is on the order of 20—30
um, suggesting that eq 7 is a better approximation for the
collision rate of primary crystals (typical size <S #m) than the
treatment proposed by Abrahamson where the collision rate is
determined from the crystal —fluid slip velocity.* If it is assumed
that crystal size, number density, and fluid viscosity do not
change significantly across scales, then the crystal—crystal colli-
sion rate increases as the crystals experience a higher degree of
fluid turbulence. The small fraction of crystals experiencing these
high levels of fluid turbulence will have a higher probability of
colliding and forming hard-sphere agglomerates compared to
crystals in reactor regions and conditions of lower fluid turbu-
lence. For the purpose of this work, the impact of changes in fluid
turbulence on collision efficiency is neglected. Although work by
Liew et al. indicates that for low efficiencies 1 is proportional to
& 137 and therefore differences in collision efficiencies across
scales/conditions can be expected, the results presented here
show that a framework for the prediction of agglomerate type asa
function of hydrodynamics can be based on dependence from
collision rates alone.

CED simulations were conducted using the discrete phase
model within Fluent 6.3.26 (termed ‘DPM”) for all the conditions
from Table 1 wherein a discrete solid phase of a prescribed
diameter and density (e.g, ‘crystals’) were spatially tracked
within a reactor.*® Fluent’s DPM is a dilute Lagrangian—Eulerian
tracking scheme with one-way momentum coupling using a
discrete random walk to account for fluid velocity fluctuations.
As a one-way coupled simulation, fluid turbulence augmentation
from the discrete phase was not included. The volume fraction of
the discrete phase (e.g, the crystal phase) in the process being
simulated is approximately 0.05—0.07, suggesting that one-way
coupling may be sufficient. Clearly, two-way momentum cou-
pling as well as particle —particle collisions will provide a higher
level of resolution in terms of ag§lomerate size and growth rates
as illustrated by Gimbun et al.”” A primary goal of the CFD
simulations for this study was to help identify the hydrodynamic
conditions which would promote one type of agglomerate over
another type, and not necessarily to simulate the agglomerate
growth process. The crystals were modeled using a diameter of
5 um and a density of 1.4 g/cm>. As the crystals are tracked, their
history of exposure to the fluid’s turbulence dissipation rate is
recorded and converted into a histogram of the fraction of time

Spatisl Position of Enssmble of Particles
Calored by Turbulence Dissipation Rrte

Trajectory of Single Paicle

Mistogram of Local Turbulence Dissipation Rats Adjscent &
Particles: Ensemble Averaged

Figure 4. CFD modeling procedure to obtain particle turbulent dis-
sipation rate history.
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Figure 5. Turbulence dissipation rate histograms for lab-, kilo-, and
pilot-plant-scale CFD simulations corresponding to experimental
crystallization runs.

spent at each level of turbulence dissipation rate using a user-
defined function within Fluent. Figure 4 schematically depicts this
process. For example, from the histogram in Figure 4, the
suspended crystals spend approximately 3% of their time ex-
posed to fluid with a turbulence dissipation rate of 0.3 m*/s>. The
local turbulence values (e.g., the history of turbulence dissipation
rate experienced by the crystals) are important for estimating
particle—particle collision rates in that those values provide a
description of how individual crystals are moving relative to each
other. This relative motion of crystals as described by € in eq 7
contributes to crystal—crystal collisions, and subsequent agglom-
eration. Figure 5 overlays histograms of turbulence dissipation
rate exposure for simulations corresponding to the five experi-
mental conditions listed in Figurel. Significant differences are
evident in the upper tail of the distributions for the two cases for
which hard-sphere agglomerates were observed, suggesting
differences in the exposure history of crystals to fluid turbulence.

The collision rate in eq 7 was calculated for the simulations
correspondin§ to experimental crystallization runs using mean
values of £'/% obtained from particle tracking simulations de-
scribed above using the following:

k
@) = 3 e (8

where f; is the frequency of € in the ith bin of the histogram of &
containing k bins. These rates were also normalized to the
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Figure 7. P/Vvs {¢"/?). Points in Figure 7 are for simulations for which
experimental observations of agglomerate morphology exist.

collision rate for the 600 rpm lab reactor case. These results are
plotted in Figure 6 along with eq 7, also normalized to the
collision rate for the 600 rpm lab reactor case since the remaining
terms in eq 7 are assumed constant across all conditions.
Simulations of the lab reactor at 600 rpm and the kilo-lab reactor
at 200 rpm resulted in the highest values of crystal—crystal
collision rates and would appear to be most prone to agglomera-
tion from collisions. These calculations are consistent with
experimental results (as noted within Figure 6).

From this analysis, an intermediate conclusion is that the
energy imparted to the fluid must be relatively evenly distributed.
That is, there should be minimal “hot spots” of locally high
turbulence levels that the suspended crystals encounter. From
conventional mixing analysis, however, it is known that there is a
minimum amount of overall mixing energy required to ade-
quately mix the liquid and to suspend the growing crystals. To
help quantify the balance between sufficient macromixing and
uniform micromixing, Figure 7 plots the calculated values of P/V
vs (£"/?) for the five simulations for which experimental crystal-
lizations runs have been conducted. The type of observed
agglomerates is called out in the figure. For the five conditions
and reactors modeled in Figure 7, there was no experimental
indication of insufficient macromixing (e.g., there was no ob-
servation of the tendency for settling of crystals). Therefore, on
the basis of experimental results and CFD simulations, the
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Figure 8. P/V vs <81/ 2. Points in the plot are for all simulations
conducted; those corresponding to actual experimental points are
highlighted by a square or circle, depending on the type of agglomerate
observed.

minimal P/V for adequate macromixing is estimated to be no
higher than approximately 260 W/m? for $ um particles (the
lowest P/V values for which experimental data exist—the lab-
scale vessel at 300 rpm). In addition, values of (e'?) greater than
approximately 0.35 m/s>'* resulted in hard-sphere agglomerates.
These simulations and experiments indicate that scaling up the
crystallization process solely by a macromixing parameter such as
P/V is insufficient for choosing conditions that result in the
loose-flake agglomerate. From Figure 7, the value of P/V for the
kilo-lab run (where hard, spherical agglomerates were observed)
is lower than P/V values for either the pilot-plant reactor at
150 rpm or the lab reactor at 400 rpm—conditions for which
loose-flake agglomerates were observed. Thus, it is not only the
mean level of agitation that is important but also the spatial
distribution of mixing energy throughout the reactor that are
encountered by growing crystals.

The increase in collision rate with increasing agitation must also
change the relative importance of nucleation, crystal growth, and
agglomeration processes in determining crystal size, shape, and
hardness of the agglomerates formed during the process. In
particular, we hypothesize that, at the higher level of agitation, both
nucleation and agglomeration are faster than crystal growth, result-
ing in the loss of the characteristic flake particle shape observed at
the lower agitation rates, and the residual supersaturation is
consumed for the formation of solid bridges that hold the spherical
agglomerates together, thus explaining the harder nature of these
compared to that of the “flakelike” agglomerates. In addition, while
only two types of agglomerates are described here for simplicity, in
reality there is a continuum of particle types that encompasses the
two morphologies described here.

Additional simulations were conducted for the pilot-plant- and
commercial-scale reactors in order to provide recommendations
for operating conditions for future crystallization runs. Pilot-
plant simulations were conducted with varying fill volumes and
varying impeller speeds. Commercial simulations were con-
ducted with a single fill volume of 875 L with impeller speeds
of either 62.5 or 125 rpm (the two possible impeller speeds
available for the commercial-scale reactor). Tables 1 and 2 list the
specific conditions for both the pilot-plant and commercial
simulations. Macromixing and micromixing analyses similar to
those reported in Figure 7 were conducted on these simulations.
These additional simulation results are shown in Figure 8. Figure 8
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Figure 9. SEMs of agglomerates from pilot-plant scale at 204-L fill
volume and 125 rpm impeller speed.

also begins to delineate the plot into an operating space map.
Figure 8 shows that impeller speeds below 125 rpm for the pilot-
plant reactor may begin to show insufficient macromixing. For the
commercial reactor, an impeller speed of 62.5 rpm will likely
produce flakelike agglomerates, while 125 rpm will likely produce
the hard-sphere type. Using 62.5 rpm as the target conditions for
the final commercial process, it was recommended that any
subsequent pilot-plant runs be conducted at 125 rpm with a fill
volume of 204 L to most closely match both macro- and
micromixing environments at the commercial scale. Figure 9
below shows SEM photomicrographs for a subsequent crystal-
lization run at the pilot-plant scale using the operating conditions
as recommended above (204-L batch size, 125 rpm impeller
speed). Figure 9 indicates that the desired, flakelike agglomerates
were produced under these operating conditions, consistent with
the predicted operating space shown in Figure 8.

Bl CONCLUSIONS

From this work, a correlation has been developed between the
turbulence dissipation rate experienced by growing crystals of
compound A and their tendency to agglomerate into a spherical
morphology. A physical explanation for this correlation is
hypothesized to be an increase in crystal—crystal collisions in
regions of the reactor of higher fluid turbulence, promoting the
formation of the spherical agglomerates. From this analysis and
from conventional macromixing analysis, a preliminary operating
space map was constructed for reactors ranging from lab scale to
commercial scale. A crystallization run conducted at the pilot-
plant scale was used to help validate this operating space map. In
addition, on the basis of these models, conditions were identified
for commercial-scale production that should ensure consistency
in the type of crystal agglomerate formed for each batch.

As indicated in the main body of the article, the prediction of
agglomeration type was essentially related to the particle—particle
collision rate, while the impact of hydrodynamics on collision
efficiency was neglected. Although the results demonstrate that
the framework adopted produces a fit-for-purpose predictive
model, an extension of this work could entail the inclusion of the
impact of hydrodynamics on collision efficiency, specifically
through relating the type of agglomerate observed to the overall
agglomeration rate—that is, including the effects of both colli-
sion rate and collision efficiency.
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